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bstract

The mass transfer phenomena occurring inside Ni/Al2O3 catalytic extrudates have been studied for the liquid-phase hydrogenation of benzene.
he experiments were conducted in a bench scale trickle-bed reactor at 17 bar absolute pressure and temperatures between 70 and 150 ◦C. Kinetic,

hermodynamic and hydrodynamic effects have previously been examined [K.C. Metaxas, N.G. Papayannakos, Ind. Eng. Chem. Res. 45(21) (2006)
110–7119]. Temperature gradients inside the particle and across the liquid film surrounding catalyst particles have been checked and verified as
bsent. Concentration profiles of hydrogen and benzene show firstly that are consumed close to the surface of the extrudate and secondly to be in
arge excess along the particle radius. Catalyst particle tortuosity is estimated to be 3.75, very close to the value of 3.56 extracted from a statistical
odel based on nitrogen sorption hysteresis data. The effectiveness factor lies in the range of 0.19–0.35, implying strong diffusion limitations. The
assivation of catalyst surface is posed as a solid reason for the modification of the true activation energy of the reaction occurred while moving
rom crushed catalyst particles to catalytic extrudates.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Benzene hydrogenation is a well-known reaction that is
nlisted in the general category of aromatics hydrogenation.
enzene hydrogenation is also a popular reaction because of

ts use for the production of cyclohexane – an intermediate
f the industrial nylon process – and for decreasing benzene
ontent in gasoline in accordance with the stricter legislation
stablished in the year 2000. The gas-phase reaction has been
idely studied, while few researchers have examined the liquid-
hase reaction [2–6]. Studying the kinetics and mechanism of
he reaction is mostly the case, but sometimes the main interest
oncerns catalyst characterization or mass transfer phenomena
nd hydrodynamics taking place inside a three-phase reactor.

The industrial reactor catalytic beds are constituted from par-
icles around 0.15 cm in diameter. Smaller particles would create

roblems such as high pressure drop along the bed or hot spots
n the catalyst bed and fast deactivation of the catalyst surface
ue to their high activity. To mimic industrial reactor’s perfor-

∗ Corresponding author. Tel.: +30 210 772 3239; fax: +30 210 772 3155.
E-mail address: npap@central.ntua.gr (N.G. Papayannakos).

d
m
d
c
p
[
w

385-8947/$ – see front matter © 2007 Elsevier B.V. All rights reserved.
oi:10.1016/j.cej.2007.10.010
Tortuosity; Catalyst extrudates

ance for scale up purposes, particles of the same size as that of
ndustrial catalysts have been used in the laboratory experiments
f this study, the main drawback of which is the pore diffusion
esistance (intraparticle mass transfer limitations).

There are a number of studies that encounter the problem
f internal concentration gradients inside a catalytic parti-
le and estimate the corresponding effectiveness factor. Other
esearchers just avoid these gradients by crushing the catalyst
n smaller particles till no more differences in reactant conver-
ion can be observed. Few are the studies referring to trickle-bed
eactors because of the coupling of several phenomena, which
ask one another.
By conducting gas-phase benzene hydrogenation on two

atalysts of different sizes (diameters of 0.45 cm and
.05–0.063 cm), Jiracek et al. [7] tried to experimentally ver-
fy the theory of diffusion resistance and extract the effective
iffusion coefficient of benzene. Toppinen et al. [4] solved the
ass and energy balances that correspond to hydrogen–toluene

iffusion and heat transfer inside a commercial Ni-Alumina

atalyst on which liquid-phase hydrogenation of toluene takes
lace at 120 ◦C. They found negligible heat transfer limitation
(�Tint)max = 0.4 ◦C], while hydrogen mass transfer controls the
hole process, specially for toluene concentrations higher than

mailto:npap@central.ntua.gr
dx.doi.org/10.1016/j.cej.2007.10.010
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Nomenclature

A cross section area of the reactor (cm2)
a volumetric interfacial area (cm2/cm3)
Ci concentration of component i (concentration units

e.g. mol/cm3)
CLi concentration of component i (benzene or H2) in

liquid phase (mol/cm3)
Cs concentration of component i on the surface (con-

centration units e.g. mol/cm3)
Dei effective diffusivity of component i (benzene or

H2) (cm2/s)
DGi diffusion coefficient of component i (benzene or

H2) in gas phase (cm2/s)
DLi, Di diffusion coefficient of component i (benzene or

H2) in liquid phase (cm2/s)
Hi Henry constant of component i (benzene or H2)

(bar/mol/cm3)
kGi gas side mass transfer coefficient of component i

(benzene or H2) (s−1)
kGLi overall mass transfer coefficient of component i

(benzene or H2) (s−1)
kLi liquid side mass transfer coefficient of component

i (benzene or H2) (s−1)
�G or �L film thickness in gas or liquid phase, respectively

(cm)
NGLi gas–liquid mass transfer flux of component i (ben-

zene or H2) (mol/h)
NLi molar feed of component i (benzene or H2) in

liquid phase (mol/h)
NVi molar feed of component i (benzene or H2) in

vapor phase (mol/h)
Pi partial pressure of component i (benzene or H2)

(bar)
r catalytic particle’s radius (cm)
R gas constant (R = 8.31439 ± 0.00034 abs

joule/deg mol)
rp reaction rate (mol/h/gcat)
T temperature (K)
Ug aver average superficial gas-phase velocity (cm/s)
z reactor length (cm)

Greek letters
ε catalyst porosity
ρbed catalytic bed density (g/cm3)
τ catalyst tortuosity

Subscripts
aver average value
G or g gas
I benzene or hydrogen
L or l liquid
V vapor
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wt.% (below this value toluene concentration becomes impor-
ant too). Recently, Aumo et al. [8] studied the effect of pore
iffusion for citral hydrogenation, when performed over trilobic
i/Al2O3 catalyst in a semi-batch reactor.
Another point that has earned much of researchers’ attention

s the existence of thermal gradients inside the catalytic particle.
hese could deteriorate the reactor’s performance, because of

he reduced heat removal as phase transition takes place, which
esults in the formation of hot spots, appearance of multiple
teady states [9] and hysteresis phenomena [10] or even reac-
or runaway [11—pellet reactor]. From the other hand, if this
ransition could be controlled, reactor performance would be
ntensified due to the increased diffusion rate by passing from
he liquid to the gas region [12,13].

Kehoe and Butt [14] showed experimentally, that by conduct-
ng the gas-phase hydrogenation of benzene in a pellet-reactor,
trong thermal effects exist at the boundary layer near the surface
nd inside the catalyst. By using particles of the same size but
ifferent thermal conductivity they observed a temperature rise
ith benzene concentration increase or gas flow reduction, only

or the particles with low thermal conductivity. When reaction
akes place in the liquid-phase, implying fully wetted catalyst,
hose thermal gradients are usually eliminated from the high
hermal capacity of the surrounding liquid. Nevertheless, the
alidity of this assumption should be checked with some well-
nown criteria such as that of Prater, which allows the estimation
f the maximum �T inside the catalytic particle.

Radial activity distribution, which in some cases improves
eaction’s yield or selectivity, has also been studied by few
esearchers. The optimal catalyst activity distribution was theo-
etically found to be, from the early 80 s already, a Dirac delta
unction [15]. Au et al. [16] studied gas-phase hydrogenation of
enzene in a single pellet reactor using different distributions of
i on the support. They concluded that for low effectiveness fac-

or and high temperature, the catalyst with Ni-metal distributed
rimarily near the surface clearly exhibits the highest activity.

Sometimes, passivation of the catalyst is required due to one
f the following reasons:

. Its reduction cannot take place in the industrial reactor
because of the high temperatures required or the lack of
careful control of the process.

. Its high activity needs to be protected during transportation,
storage or reactor loading.

. The catalyst is pyrophoric.

. It could react with a common gas (e.g. CO) to produce toxic
gases (e.g. Ni(CO)4).

The passivation usually takes place by slowly supplying O2
o the catalyst (in some cases CO or CO/H2 are preferred) to
orm a layer of oxides on the surface and so reduce its activity.

enon and Skaugset [17] underline the matter of passivated
atalyst crushing, which could result in alteration of its activity,

s not passivated surface would be exposed to air and hence
e-oxidized.

In this work, benzene hydrogenation is used as a model reac-
ion in order to study the intraparticle mass transfer limitations
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nside industrial catalytic particles operating in a trickle bed
eactor. The final task is to obtain the concentration profiles
f reactants along the particle radius, to evaluate the effect of
ach reactant’s concentration profile on the particle effectiveness
actor and to estimate the tortuosity of the catalytic particles.

. Experimental

The reaction of liquid-phase benzene hydrogenation to cyclo-
exane was studied in a bench-scale reactor (2.54cm in diameter,
7.5 cm in length). The range of temperatures used is 70–150 ◦C,
he absolute pressure is 17 bar, the concentration of benzene at
he inlet lies between 2.7 and 4.1 wt.%, the maximum conversion
f benzene is 97% and the minimum 38%, the mass liquid flow
ate ranges from 60 to 120 g/h, the volumetric gas flow rate is
–6 l/h and the weighted hourly space velocity (WHSV) varies
etween 9 and 18 h−1. 6.7 g of commercial trilobe nickel on alu-
ina catalytic extrudates were diluted with 100 g of non-porous

iluent (Carborundum-SiC, 0.025 cm in diameter) to build a
iluted catalytic bed 12.2 cm in length. The solvent used is a mix-
ure of n-hexane and cyclohexane (concentrations up to 30 wt.%
egarding cyclohexane). More details of the operating conditions
re given in a previous publication [1].

Catalyst porosity was measured using Hg and He porosime-
ry and was found equal to 0.46, while its density is
.7 g/cm3. N2 porosimetry produces common hysterisis curves
or adsorption–desorption data and one-peak pore distribution
or the catalyst considered, as shown in Fig. 1. The average
ore diameter is 94 Å. By using electron microscope scanning
nd X-ray analysis of the surface (SEM-EDAX), the uniform
istribution of Nickel on Alumina substrate was verified.

. Mathematical model

A detailed mathematical model incorporating liquid volatility

Soave-Redlich-Kwong cubic equation of state [18]) and inter-
nd intra-particle mass transfer effects has been developed in
rder to describe reactor’s behavior [1]. The following mass
alances for the reactants being in the liquid and vapor phase

ig. 1. The distribution of pore volume versus pore diameter extracted from
itrogen porosimetry. (�): Crushed particles, (�): extrudates.
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espectively, are adopted:

dNLB

dz
= aNGLB − rpρbedA

=
[
kGLBa

(
PB

HB
− CLB

)
− rpρbed

]
A (1)

dNLH

dz
= aNGLH − 3rpρbedA

=
[
kGLHa

(
PH

HH
− CLH

)
− 3rpρbed

]
A (2)

dNVB

dz
= kGLBa

(
PB

HB
− CLB

)
A (3)

dNVH

dz
= kGLHa

(
PH

HH
− CLH

)
A (4)

The overall gas–liquid mass transfer coefficient is related to
he gas- and liquid-side mass transfer coefficients and the Henry
onstant in the following manner:

GLi = 1

1/kLi + 1/kGiH
∗
i

= 1

1/kLi + RT/kGiHi

(5)

The gas- and liquid-side mass transfer coefficients are
onnected to the film thicknesses (�G or �L) and diffusion coef-
cients (DGi or DLi) of the gas and liquid phase through the
elations:

Li = DLi

�
⇒ akLi = DLi

a

�

∣∣∣
L
⇒ a

�

∣∣∣
L

= akLi

DLi
(6)

Gi = DGi

�G
⇒ akGi = DGi

a

�

∣∣∣
G

⇒ a

�

∣∣∣
G

= akGi

DGi
(7)

The proposed correlations extracted for the gas- and liquid-
ide mass transfer coefficients when working in the same range
f velocities, in the same reactor, with a diluted bed of the same
iluent as the one used in this work but on crushed particles of
i/Al2O3 are the followings [1]:

n

(
akLi

DLi

)
= 1.17 ln(Ug aver) + 9.32 (8)

n

(
akGi

DGi

)
= 2.52 ln(Ug aver) + 9.40 (9)

The reaction rates of hydrogenation in Eqs. (1) and (2) were
alculated by using the liquid concentration profiles of ben-
ene and hydrogen inside the catalyst extrudates. These profiles
ere determined by solving the following second order ordinary
ifferential equation of diffusion-reaction for each component.

d2Ci

dr2 + 1

r

dCi

dr
− rp

Dei

= 0 (10)
here Ci is the concentration of component i, r is the particle’s
adius, rp is the reaction rate and Dei is the effective diffusivity.
n this case, we have reduced the shape of the trilobe particles
o a cylindrical form with the same particle volume to external
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activity and deactivates much slower than the internal part. In the
sample of the crushed extrudates, the entire catalyst surface par-
takes of the hydrogenation reaction and the fast deactivation is
K.C. Metaxas, N.G. Papayannakos / Chem

urface ratio. The effective diffusivity depends on particle’s and
uid’s properties according to the following relation:

ei = ε

τ
Di (11)

here ε is particle’s porosity, τ is particle’s tortuosity and Di is
he diffusion coefficient of the reactant i in the fluid inside he
atalyst pores. To solve the differential equation, two boundary
onditions are needed:

r = 0
dCi

dr
= 0

r = R Ci = Cs

(12)

The first is valid at the center of the catalytic particle and
ndicates the symmetry of space in that dimension and the lack
f concentration gradient at this point, while the second corre-
ponds to particle’s surface.

The differential equations for the two reactants inside the
atalyst particles are solved with finite difference approximation
hile the system of non-linear equations produced is solved with
modified Powell hybrid algorithm. Matrixes of 10, 50, 100,

000 nodes were tested with augmentative impact on computer
ime needed for the solution to be accomplished. By assuming

inimal error when using a matrix of 1000 nodes, the matrixes
f 50 and 100 nodes were compared (that with the 10 nodes
ailed to produce meaningful results), with the first achieving
.5% accuracy and the second 1.1% but double computer time.
inally the 50-node matrix was preferred as this accuracy was

n the range of the experimental error and because of the large
olume of experimental data that make computer time precious.

. Results and discussion

For the simulation of the laboratory reactor performance with
he previously described model, the intrinsic kinetic form as well
s the inter-particle mass transfer effects have been adopted from
recent publication [1]. In both works, identical hydrodynamic
haracteristics for the two systems are expected as the same
iluent was used for the building of the relevant diluted catalyst
eds [19].

Although between 70 and 150 ◦C, a significant amount of
he liquid mixture at the reactor inlet is vaporized (13–33 vol%
epending also on gas to liquid velocities), the dilution of the
atalyst bed with fine particles (SiC) ensures the full wetting of
atalyst particles [20–22] and the avoidance of liquid maldistri-
ution or axial dispersion [22–24,25—review].

Before solving the diffusion equations, we had to ensure that
he catalytic particles work isothermally. Due to the fully wet-
ing of the particle, the diffusion coefficients of benzene and
ydrogen refer to the liquid phase. Characteristic values for the
hermal conductivity coefficient of Ni/Al2O3 are given by Sat-
erfield [26]. The maximum �T inside the catalyst particles is
asily calculated [27] and it was found less than 0.05 ◦C for

he worst case of reaction temperature T = 150 ◦C. Therefore,
o internal temperature gradients exist in our range of oper-
tional conditions. Using the modified Sherwood and Nusselt
umbers–appropriate values for heat transfer and thermal con-

F
t
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uctivity coefficients in the liquid are found in Perry’s Chemical
ngineers’ Handbook [28]–the maximum �T appearing at the
xternal liquid film that surrounds the catalytic particle can also
e evaluated. The temperature gradient in the liquid film sur-
ounding the catalyst external surface was also proved to be
egligible [(�Text)max = 0.14 ◦C].

When fitting the experimental data into simulation predic-
ions, it was proved that the intrinsic kinetics, having been
btained from crushed particles, had to be modified as the pre-
icted hydrogenation rates were higher than the experimentally
easured ones. The only change needed was the modification

f the values of the reaction rate constants. Utilizing a unique
ortuosity value for all experimental data, the intrinsic reaction
ate constant was estimated for each experimental set performed
t the same temperature. This was attained by best fitting the
redicted benzene concentrations at the reactor outlet into the
orresponding experimental ones for all the experiments. The
alues of the reaction rate constant corresponding to the best
tting are presented in Fig. 2. The apparent activation energy cal-
ulated from the data of this figure is 103.7 kJ/mol corresponding
o a true activation energy of 55 kJ/mol. The comparison of the
redicted with the experimental values of benzene conversion
or all the data is presented in Fig. 3, where a good agreement
s observed.

A different behavior of the crushed catalyst particles than
hat of the mother extrudates was also observed when activity
oss with time was studied. As shown in Fig. 4, the deactivation
ate with the crushed particles was much faster than the corre-
ponding with the extrudates when pure n-hexane was used as
olvent. The same tendency was observed when an industrial
eed was tested, although for both catalyst sizes the decline was
aster. The different deactivation rates and the different intrinsic
eaction rate constants estimated for the crushed particles and
he mother extrudates can be explained by a partial passivation
f the extrudates near the external surface of the catalyst. Thus,
he part of the catalyst close to the external surface has lower
ig. 2. The dependence of the determined reaction rate constant on reaction
emperature.
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ig. 3. Comparison of the predicted conversions (Xpred) with the corresponding
xperimental values (Xexp) at various reaction temperatures from 70 to 150 ◦C.
�)70, (�)80, (�)90, (×)100, ( )110, (©)120, (+)130, (–)140, ( )150.

ue to the particles from the interior of the extrudates that are not
assivated and now are exposed to high benzene and hydrogen
oncentrations. Furthermore, because the reaction takes place
lose to the surface of the extrudates, as will be discussed in the
ollowings, the intrinsic kinetics describing the hydrogenation
ates in Eqs. (1) and (2) should correspond to this restricted area
aving lower activity. These rates are lower than those corre-
ponding to the internal part of the catalyst extrudates due to
assivation. Therefore, the intrinsic rates corresponding to this
art are lower than the rates obtained from the crushed particles
ecause in the latter case the high rates of the non-passivated
nternal parts would give rise to the mean rates of the sample.

The tortuosity determined from the optimization procedure
as 3.75, a typical value of this kind of catalysts. There was

lso an attempt to compare the tortuosity extracted by the opti-
ization method processing the experimental data with the

pproach of a stochastic model. In particular, Androutsopoulos
nd Salmas [29,30] have developed a statistical model (CPSM)

hat uses nitrogen sorption hysteresis data taken by applying N2
orosimetry on fresh catalytic extrudates. Their model fits nitro-
en adsorption–desorption data by optimizing tortuosity [31].

ig. 4. The activity (a) of the crushed catalyst and of the extrudates versus
orking hours, with n-hexane as feed solvent. (�): Extrudates, (�): crushed
articles.

0
r

a

F
e

ig. 5. Fitting of CPSM statistical model to nitrogen sorption hysteresis loop
xperimental data. (�): desorption, (�): adsorption.

his method yields a value of 3.56 for the tortuosity of the extru-
ates, which is very close to the estimated value from our model
3.75). The fitting of the CPSM model over the experimental
ysteresis loop data is presented in Fig. 5.

From the calculated profile of hydrogen concentration given
n Fig. 6 it is observed that hydrogen is consumed in the first
uarter of particle’s radius (∼0.02 cm). On the contrary, benzene
oncentration decreases mostly by 20% along the particle radius
eing in excess inside the catalyst extrudates. Therefore, a small
art of the extrudates is used for the hydrogenation of benzene
ue to the total consumption of hydrogen. The effectiveness
actor of the extrudates is thus controlled by hydrogen diffusion
nd reaction. In Fig. 7, the calculated effectiveness factor for the
xtrudates is shown. It appears decreasing from 0.35 at 70 ◦C to
.19 at 150 ◦C, implying strong diffusion limitations.

However, for the crushed particles a slight decrease of hydro-
en (less than 35%) and benzene concentration (less than 20%)
s calculated along the particle radius. The effectiveness factor
alculated from the concentration profiles lies between 0.85 and

.99 (70–100 ◦C, Thiele modulus less than 0.65), implying a
estricted role of mass transfer resistances.

Toppinen et al. [4] found that for toluene concentrations
bove 5 wt.% hydrogen mass transfer controls the whole process,

ig. 6. Concentration profiles of hydrogen and benzene along the catalytic
xtrudate’s radius. (�): Benzene, (�): hydrogen.
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[30] G.P. Androutsopoulos, C.E. Salmas, Ind. Eng. Chem. Res. 39 (2000)
ig. 7. The effectiveness factor calculated by optimizing catalyst’s tortuosity
or every one of the 29 experiments, versus temperature.

hen working at 120 ◦C with extrudates loaded with 16.6 wt.%
i on alumina substrate and of diameter of 0.1 cm. The con-

entration profiles of hydrogen and toluene show hydrogen to
e almost totally consumed in the 3/4 of the catalytic particle
0.075 cm), while toluene’s concentration remains constant. In
ur case, benzene concentration at the inlet of the reactor is about
wt.%, Ni-metal is above 50 wt.% on the alumina and benzene

s hydrogenated faster than toluene [32]. This is why the decline
f hydrogen concentration is more abrupt as it takes place in the
/4 of particle’s radius (0.02 cm) with benzene being in large
xcess throughout the particle.

Aumo et al. [8] worked with a less active catalyst (20.2 wt.%
i) at lower temperatures (60 ◦C) which result in lower hydro-
enation rates as compared to our case. Because of the low citral
oncentration the hydrogen was in excess inside the trilobic cat-
lyst, while the citral was totally consumed in the first half of
he catalytic particle. They come up with a catalyst’s porosity to
ortuosity ratio equal to 0.27 and an effectiveness factor close to
.2 while in this work the respective values are: 0.16 and 0.23.

. Conclusions

Summarizing, by processing experimental data extracted
rom the liquid-phase hydrogenation of benzene on Ni/Al2O3
xtrudates in a trickle-bed reactor, the following tasks have been
ccomplished:

. The concentration profiles of benzene and hydrogen inside
the catalytic particle indicate that hydrogen is depleted in the
first 25% of the particle radius while benzene is in excess
throughout the catalyst particles.

. The calculated effectiveness factor of the catalyst extrudates
was less than 0.35 indicating strong diffusional limitations.

. The tortuosity of the catalytic particle was estimated equal to
3.75 and found in good agreement with the value extracted
from a statistical model (3.56).
The reaction kinetics of hydrogenation obtained from exper-
ments with crushed particles had to be modified at the point
f dependence of the reaction rate constant on reaction tem-

[

[

ngineering Journal 140 (2008) 352–357 357

erature and this inevitable change was attributed to catalyst’s
urface passivation.
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